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With the dramatic increase in the international oil price, gas-to-liquid processes of Fischer-Tropsch (FT)
synthesis, methanol synthesis, and dimethyl ether (DME) synthesis have become increasingly important and
received much attention from both academic and industrial interests. The slurry reactor has the advantages of
simple construction, excellent heat transfer performance, online catalyst addition and withdrawal, and a
reasonable interphase mass transfer rate with low energy input, which make it very suitable for gas-to-liquid
processes. However, its multiphase flow behaviors are very complex and the multiphase reactor has some
remarkable scale-up effects; therefore, extensive studies are still needed for the development and design of
a high-performance slurry reactor. This article gives a state-of-the-art review of the recent studies on the
slurry reactor for gas-to-liquid processes. The influences of the superficial gas velocity, operating pressure
and temperature, solid concentration, column dimensions, and gas distributor are discussed. Some recent
developments in the liquid-solid separation in a slurry reactor are also summarized. The concept of using
internals to intensify the mass transfer and improve the hydrodynamics is discussed based on both experimental
results and theoretical analysis. Modeling and simulations of the gas-liquid and gas-liquid-solid flows are
briefly reviewed, with focus on the new trend of coupling the population balance model (PBM) into the
computational fluid dynamics (CFD) framework to describe the complex bubble behaviors and gas-liquid
interphase interactions. The results of a 3000 ton/year pilot plant for DME synthesis are given, showing that
the slurry reactor has promising applications in gas-to-liquid processes.
1. Introduction
Fast development of the world economy and increase of the
international oil price have made the global energy and
environmental problems increasingly serious. The supply of coal
is much more abundant than that of oil; therefore, the development of coal-based technologies for producing clean fuel is very
important for the sustainable development of the economy and
of the energy supply for the world. Gas-to-liquid processes of
Fischer-Tropsch (FT) synthesis, methanol synthesis, and dimethyl ether (DME) synthesis have become increasingly important
and received much attention from both academic and industrial
interests.1-9 Besides providing clean fuel, the products of gasto-liquid processes can be further produced to many other
chemical products.10
Gas-to-liquid processes have the following common characteristics that must be considered in reactor design: (1) The
reactions are strongly exothermic, with -∆Hr ) 165-204 kJ/
mol CO for FT synthesis, -∆Hr ) 90.3 kJ/mol CO for methanol
synthesis, and -∆Hr ) 102.2 kJ/mol CO for DME synthesis.
(2) The uniform profile of the temperature should be maintained
because a nonuniform temperature profile and hot spots may
cause a decrease in product selectivity and, more severely, cause
catalyst deactivation. (3) Developing a large scale is critically
important from the point view of the economy to produce lowpriced fuel. (4) The processes are operated at high temperature
and pressure. Corresponding to the above characteristics, the
reactor must realize efficient and rapid removal of the accompanying large heat of reaction, maintain a uniform temperature profile, and be easy to scale up to large dimensions.
Great efforts have been devoted to reactor development to
satisfy the requirements of different gas-to-liquid processes.
Several reactor types are currently used for FT synthesis,
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methanol synthesis, and DME synthesis. For example, reactors
for FT synthesis include the multitubular fixed bed, gas-solid
fluidized bed, and slurry bubble column reactors.1,3,11 For
methanol synthesis and DME synthesis, the fixed bed, fluidized
bed, slurry bubble column, and slurry airlift reactors were used
or studied.4,7-9,12,13 The differences between these several reactor
types are largely related to different approaches to temperature
control and the choice of catalyst.14
Although different reactor types were used for gas-to-liquid
processes, the majority of attention during the past 10 years,
from both academic and industrial interests, was paid to the
slurry reactor. The slurry reactor presents the advanced reactor
technology for gas-to-liquid processes. Its advantages include
simple construction, excellent heat transfer performance, online
catalyst addition and withdrawal, and reasonable interphase mass
transfer rates with low energy input, which make it very suitable
for gas-to-liquid processes. However, its multiphase flow
behaviors are very complex and the multiphase reactor has some
remarkable scale-up effects. Under industrial conditions, the high
pressure, temperature, and solid concentration have notable and
complex influences on the bubble behaviors, gas holdup, liquid
velocity, and mass and heat transfer behaviors. Due to the
presence of an additional liquid phase, gas-liquid mass transfer
limitations in a gas-liquid-solid slurry system may cause a
decrease in the reaction conversion, especially at high solid
concentrations and superficial gas velocities. Further, the
separation of fine catalyst particles from the viscous wax in FT
synthesis is a challenging engineering problem. Therefore,
extensive studies are still needed on the hydrodynamics, mass
transfer, and liquid-solid separation for the development and
design of high-performance slurry reactors for gas-to-liquid
processes.
This article gives a state-of-the-art review of the studies on
the slurry reactor for gas-to-liquid processes. It is organized as
follows. In section 2, the historical and current development of
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Figure 1. Reactor types used for FT synthesis. (a) Fixed bed reactor. (b) Circulating fluidized bed reactor. (c) Slurry buble column reactor.

slurry reactors for FT synthesis, DME synthesis, and methanol
synthesis are overviewed. In section 3, studies on the slurry
reactor are discussed in detail, including (1) reactor type, (2)
kinetics of gas-to-liquid processes, (3) flow regimes, (4) bubble
behaViors, gas holdup, and liquid Velocity, (5) mass transfer,
(6) liquid-solid separation, and (7) hydrodynamics and mass
transfer in slurry airlift reactors. In section 4, process intensification by using internals is discussed. In section 5, modeling
and simulations of gas-liquid and gas-liquid-solid multiphase
flows are selectively reviewed, with focus on the new trend of
coupling the population balance model (PBM) into the computational fluid dynamics (CFD) framework to describe the
complex bubble behaviors and gas-liquid interphase interactions. In section 6, the results of a 3000 ton/year pilot plant for
direct synthesis of DME in a slurry airlift reactor are given.
The remarks and conclusions are given in the last section.
2. Slurry Reactor for Gas-to-Liquid Processes
Slurry reactors are extensively used in a variety of chemical,
petrochemical, biochemical, and environmental processes for
such as hydrogenation, oxidation, chlorination, hydroformylation, cell growth, and bioremediation.15,16 Recently, slurry
reactors have been considered as the advanced technology for

gas-to-liquid processes. Their advantages include the following:17,18 (1) simple construction and lower capital required for
a large-scale slurry reactor; (2) good performance in temperature
control; (3) feasibility for large capacity; (4) lower pressure loss
that considerably saves the compression cost; (5) online removal
and addition of catalyst; (6) lower catalyst amount than the fixed
bed reactor due to high catalyst efficiency in a slurry reactor.
As a result, there is a trend of shift from the fixed bed reactor
to the slurry reactor in gas-to-liquid processes.4,19
2.1. Slurry Reactor for FT Synthesis. At present, the
multitubular fixed bed reactor, gas-solid fluidized bed reactor,
and gas-liquid-solid slurry reactor, as shown in Figure 1, are
used for FT synthesis.11,17,20,21 The reactor type and the operating
conditions are the governing factors in the control of product
distribution during FT synthesis. The multitubular fixed bed
reactor and slurry reactor were used for the low-temperature
process, while the circulating fluidized bed reactor and fixed
fluidized bed rector were used for the high-temperature process.21 The high-temperature process yields large amounts of
olefins, a lower boiling range, and very good gasoline.
Substantial amounts of oxygenates are also produced. The lowtemperature process yields much more paraffin and linear
products and can be adjusted to very high wax selectivity. The
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primary diesel cut and wax cracking products can give excellent
diesel fuels. The very linear primary gasoline fraction needs
further treatment to attain a good octane number. Olefin and
oxygenate levels for the low-temperature process are lower than
those for the high-temperature process.
The fixed bed reactor for FT synthesis, such as the Arge
reactor at Sasol, consists of a shell containing tubes packed with
catalyst. Heat removal for the highly exothermic synthesis
reaction is achieved by generation of steam on the shell side of
the reactor. To replace the fixed bed reactor for the lowtemperature FT process, the Sasol slurry reactor was developed.17,21 In June 1991, Sasol decided to use the slurry reactor
for its planned expansion of low-temperature FT capacity. A
single slurry reactor, 5 m in diameter and 22 m in height, was
commissioned in May 1993. Recently, it has been announced
that Sasol and Phillips Petroleum have signed a memorandum
of understanding with Qatar Geral Petroleum Corporation for
a feasibility study on a 20 000 bbl/day plant for production of
distillates and naphtha from Qatar’s natural gas reserves,
scheduled for startup in 2002. This plant was to make use of
the slurry reactor technology.
The slurry reactor for FT synthesis has a number of
advantages over the fixed bed reactor. It was reported that the
capital required for a large-scale slurry reactor was less than
40% of that needed for an equivalent multitubular fixed bed
reactor: The catalyst usage of the slurry reactor is about a third
of that of the fixed bed reactor with a promise of even better
performance, due to the catalyst’s effectiveness and the higher
average temperature used in the slurry reactor.17 The slurry
reactor has much better ability to be scaled up. The multitubular
fixed bed is scaled up by increasing the number of tubes and
the diameter of the reactor shell, and the large Arge multitubular
fixed bed reactor was designed for about 1500 bbl/day. With
the slurry reactor, capacity can be increased by increasing both
the diameter and height of the reactor. It is thought feasible
that a single slurry reactor with a capacity of about 10 000 bbl/
day can be built.17 Krishna and Sie compared the several reactor
types for the FT synthesis process and concluded that the slurry
reactor was the best reactor type for large-scale plants.1 For the
specific case of conversion of syngas into a relatively heavy
FT product, de Swart et al.22 compared the multitubular fixed
bed reactor with the slurry reactor operating in either the
homogeneous or heterogeneous regime. With a maximum
weight of 900 ton/reactor as a limiting criterion, the number of
reactors needed for a plant capacity of 5000 ton/day was found
to be 10 for the multitubular fixed bed reactor, 17 for the slurry
reactor operating in the homogeneous regime, and 4 for the
slurry reactor operating in the heterogeneous regime.
2.2. Slurry Reactor for Methanol Synthesis. Similar to FT
synthesis, one of the most difficult problems in designing a
reactor for methanol synthesis is removing the heat of reaction
while maintaining precise temperature control. This is important
because catalyst life is seriously reduced by excessive temperatures. Tijm et al.4 reviewed the development of the methanol
process during the last decades. The reactor technologies that
were extensively used in commercial plants for methanol
synthesis fall into two categories, namely, the gas-phase
technologies and liquid-phase technologies.
The gas-phase technologies operate in the gas phase using a
fixed bed reactor with catalyst pellets, and many types of designs
have been developed.4,23 A Lurgi methanol reactor, as shown
in Figure 2a, is a tube-based fixed bed that contains the catalysts
in fixed tubes, and the reaction temperature is controlled by
steam pressure. An ICI (Imperial Chemical Industries) methanol

Figure 2. Fixed bed reactors for methanol synthesis. (a) Multitubular fixed
bed. (b) Quench-cooled fixed bed.

reactor, as shown in Figure 2b, is an adiabatic reactor with cold
unreacted gas injected between the catalyst beds to increase the
once-through conversion of the synthesis reaction and lower
the reaction temperature to extend the catalysts life. This quenchcooled design was also used by the Haldor Topsor methanol
reactor and the TEC (Toyo Engineering Corporation) MRF-Z
reactor.
Conversion of syngas to methanol in fixed bed reactors is
limited by the reaction equilibrium and high-temperature
sensitivity of the catalyst. Temperature moderation is achieved
by recycling large amounts of hydrogen-rich gas, utilizing the
heat capacity of H2 gas and the higher gas velocities to enhance
the heat transfer. To improve the heat transfer ability, Sherwin
and Frank developed a liquid-phase process for methanol
synthesis in which the mineral oil acted as a temperature
moderator and facilitated heat removal by transferring the heat
of reaction from the catalyst surface to boiling water in an
internal tubular heat exchanger.24 This liquid-phase process has
a number of advantages: (1) the ability to operate with syngas
rich in CO, as obtained from modern coal gasifiers, and produce
a product that does not require further purification before being
used as a fuel (It was reported that CO concentrations in excess
of 50% have been routinely processed in the laboratory and at
the Alternative Fuels Development Unit in LaPorte without any
adverse effect on catalyst activity. In contrast, the fixed bed
reactor must use a syngas rich in hydrogen. The gas-phase
methanol technology that uses a fixed bed reactor requires such
a feedstock to undergo stoichiometry adjustment by the watergas shift reaction to increase the hydrogen content. Typically,
a fixed bed reactor is limited to about 16% CO in the reactor
inlet gas to limit the once-through conversion to avoid excess
heating.); (2) enhanced heat transfer of the highly exothermic
heat of reaction; (3) a high once-through conversion of CO. In
the liquid-phase process, the heat transfer coefficient on the
slurry side of the heat exchanger is relatively large.25-27 Thus,
a relatively small heat transfer area is required, and the heat
exchanger occupies only a small fraction of the cross-sectional
area of the reactor. Further, the heat transfer between the solid
catalyst and the liquid phase is highly efficient, thereby allowing
high once-through conversions without loss of catalyst activity.
The LPMEOH technology, developed by Air Products has
been tested for several years at a pilot plant of 10 short ton/day
owned by the U.S. Department of Energy at La Porte, Texas.
To demonstrate the scale-up of the slurry reactor from 10 to
260 short ton/day, operation of a commercial-scale demonstration of the LPMEOH process was started in 1997, at Eastman’s
chemicals-from-coal complex in Kinsport, Tennessee. The
results of the demonstration process were satisfactory and
verified the advantages of the slurry reactor.
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2.3. Slurry Reactor for DME Synthesis. DME was conventionally used for such applications as cosmetics and aerosol
paint propellants. The mostly used reactor for DME synthesis
was the fixed bed reactor. In recent years, DME has been
considered a clean and economical alternative fuel of household,
transportation, and power generation, because of its much
smaller environmental impact. The efficient synthesis of DME
from syngas that can be derived from coal, natural gas, or
biomass has received much attention. To be used as a fuel, DME
must be produced in large quantities and at a low cost. It is
more important to control the reaction temperature for DME
synthesis than for methanol synthesis, because the equilibrium
conversion of DME synthesis is higher than that of methanol
synthesis.
The direct synthesis of DME from syngas by dual function
catalysts has been studied during the past decades. The synthesis
of DME in a single reactor is based on a combination of an
equilibrium-limited methanol synthesis reaction and an equilibrium-unlimited methanol dehydration reaction.28 The direct
synthesis of DME from syngas in a slurry reactor, developed
by Air Products,12 by JFE Corporation,7 and by Tsinghua
University,9 is now considered the most promising DME
synthesis technology. JFE and Air Products used a slurry bubble
column reactor, while the technology developed by Tsinghua
University used a slurry airlift reactor with internals in the riser.
JFE collaborating with Taiheiyo Coal Mining Co., Sumitomo
Metal Industry Ltd., and the Center for Coal Utilization, Japan,
finished a project of a 5 ton/day pilot plant in 2001 and obtained
satisfactory results.7 On the basis of this achievement, DME
Development Co. Ltd. started a 100 ton/day demonstration plant
project at Hokkaido, Japan, in 2002. Air products carried out a
25-day test of the LPDME process in the La Porte Alternative
Fuels Development Unit of 10 short ton/day to evaluate the
production of DME as a coproduct with methanol. This test
showed promise, but no DME runs were made in the demonstration LPMEOH reactor of 260 short ton/day at Kingsport.
Tsinghua University began to study the DME synthesis process
in 1998 and, in 2002, cooperating with Chongqing Yingli Fuels
& Chemicals Co. Ltd., began a 10 ton/day pilot plant project.
The pilot plant was run in 2004, and expected results were
obtained.
Direct synthesis of DME in a single reactor makes the
synthesis process simpler and more compact than the two-step
process. Further, the limitation of thermodynamic equilibrium
to methanol synthesis is overcome through shifting the equilibrium by converting methanol to DME. Therefore, a higher
once-through conversion of CO can be obtained. Due to the
synergy effect of process coupling, syngas rich in CO can be
used as the feedstock for DME synthesis, and the steam and
water-gas shift reaction system can be saved. These will further
reduce the investment and production cost.29
3. Studies on Slurry Reactors
The discussion above shows that slurry reactors have become
the advanced technology for gas-to-liquid processes. Although
relatively simple in construction, slurry reactors are still difficult
to design and scale-up due to the lack of detailed information
on hydrodynamics and mass transfer over a wide range of
industrial operating conditions.18 For design and scale-up,
predictions of the gas holdup, liquid flow pattern, gas-liquid
mass transfer rate, and heat transfer rate are desired. Knowledge
of the bubble size distribution, coalescence, and breakup
behaviors is also important, since the bubble behaviors are
closely related to the hydrodynamics and heat and mass transfer.

Figure 3. Types of slurry reactors. (a) Bubble column. (b) Internal-loop
airlift reactor. (c) External-loop airlift reactor. (d) Spherical reactor.

Further, the following issues must be addressed for development
and design of a slurry reactor for gas-to-liquid processes: (1)
The reactor should operate at a high superficial gas velocity
and a high solid concentration, thus in the typical heterogeneous
regime, to get an increased volumetric productivity.30,31 However, the hydrodynamics and mass and heat transfer behaviors
in the heterogeneous regime are much more complex than in
the homogeneous regime, and studies on this flow regime are
still limited. (2) The influences of the temperature and pressure
must be reliably predicted since all slurry reactors for gas-toliquid processes operate under conditions of high temperature
and pressure. (3) The gas-liquid mass transfer limitation may
cause a decrease in the reaction conversion, especially at high
solid concentrations and superficial gas velocities. (4) The gas
distributor may affect the stable operation of the reactor8 and
requires a proper design for robust and efficient performance.
(5) In the case of FT synthesis, the separation of fine particles
from wax is difficult and requires special treatments.
In the following part, studies on the slurry reactor will be
selectively reviewed, with focus on issues related to design and
scale-up of an industrial-scale reactors for gas-to-liquid processes.
3.1. Reactor Type. Slurry reactors include the bubble column,
internal-loop airlift reactor, external-loop airlift reactor, and
spherical reactor, as shown in Figure 3a-d. Different from the
bubble column, the airlift reactor consists of riser and downcomer that provide the flowing channel for global circulation
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Figure 4. Typical reaction rates for FT synthesis and methanol synthesis
in a slurry system. For FT synthesis, H2/CO feed ratio ) 1.7, T ) 270 °C,
P ) 1.308 MPa, and data is from the work of Raje and Davis.35 For CH3OH synthesis, H2:CO:CO2 ) 50.9:39.5:4.7, T ) 230 °C, P ) 3.45 MPa,
and data is from the work of Šetinc and Levec.33

of the liquid-solid slurry phase. With the consideration that
the manufacture of large cylindrical reactors (such as those 6-10
m in diameter) operating at high pressure (such as 10 MPa) is
very difficult, Jin et al.32 proposed a novel spherical reactor with
relatively thin wall. The spherical reactor has higher mechanical
resistance to pressure than the cylindrical column and, thus,
decreases the wall thickness and reactor cost. Comparing the
cylindrical and spherical reactors of the same volume and at
the same pressure, the advantages of the spherical reactor can
be seen from the following parameters: reactor surface ratio
Fs/Fc ) 0.875; wall thickness ratio δs/δc ) 0.5; reactor weight
ratio Ws/Wc ) 0.437; reactor price ratio $s/$c ≈ Ws/Wc ) 0.437.
Further, in a reactor consisting of multiple spherical units with
novel internals, not only can the distribution of local parameters
be uniform in the radial direction, but also the liquid-phase backmixing can be effectively decreased. The spherical reactor has
economical feasibility and the great potential for large-scale
production in the gas-to-liquid processes.
3.2. Kinetics of Gas-to-Liquid Processes. Although this
review focuses on the engineering aspects of the slurry reactor
for the gas-to-liquid processes, the reaction kinetics is first
discussed briefly here with the consideration that the reaction
kinetics is fundamental to the process and provides the basis
for why physical effects, such as mass and heat transfer, mixing,
etc., must be studied. Reviews on the reaction kinetics for the
gas-to-liquid processes are available in the literature. Cybulski,25
Šetinc and Levec33 reviewed the kinetics of liquid-phase
methanol synthesis. Van der Laan and Beenackers reviewed the
kinetics and selectivity of the FT synthesis.34 The FT synthesis
can be simplified as a combination of the FT reaction and the
water-gas shift reaction (WGS): (1 FT) CO + (1 + n/2)H2 f
CHn + H2O; (2 WGS) CO + H2O f CO2 + H2. And, the
reaction rates satisfy rFT ) - rCO - rWGS. Figure 4 shows typical
values of the reaction rates, rFT and rWGS, in a slurry system.
Typical reaction rates of methanol synthesis are also shown in
Figure 4 for comparison.
It was reported that, in the FT slurry process, only the
resistances of reaction kinetics and gas-liquid mass transfer
were significant.36,37 Thus, quantitative comparison between the
gas-liquid mass transfer and reaction kinetics is important for
optimum design and operation of the reactor. Satterfield and
Huff36 claimed that FT synthesis was severely controlled by
gas-liquid mass transfer, particularly at high temperatures.
Deckwer et al.,37 however, reported that the gas-liquid mass

Figure 5. Effect of catalyst concentration on β and (H2 + CO) conversion.
β is defined as (1/kla)/[1/kla + 1/ko(φi)], in which ko is the overall kinetics
rate constant. This figure has been adapted from the work of Inga and
Morsi.38

transfer resistance represented less than 20% of the total
resistance. proposed an approach to determine the rate-limiting
step in the FT slurry process, in which the water-gas shift
(WGS) reaction was taken into account and the “singular kinetic
path” concept was used.38 They defined the relative extent of
the gas-liquid mass transfer resistance β as (1/kla)/[1/kla+1/
ko(φi)], in which ko is the overall kinetics rate constant. Figure
5 showed the influence of the catalyst concentration on β as
well as (CO + H2) conversion.38 The FT synthesis in a slurry
system using the commercial iron-based catalysts could be
considered a reaction kinetics-controlled process. The reactor
performance could be improved by increasing the catalyst
activity or catalyst concentration up to a maximum of 37-40
wt %. In both cases, the reactor would approach a mass transfercontrolled regime, especially at high catalyst concentration
which would markedly increase the bubble size. From the results
of Inga and Morsi,38 it can be seen that although the resistance
of reaction kinetics is larger than that of mass transfer, these
two resistances are on the same order of magnitude. Thus,
intensification of the gas-liquid mass transfer can increase the
conversion and increase the critical catalyst concentration at
which maximum conversion is obtained.
3.3. Flow Regimes. The hydrodynamics in a gas-liquid or
gas-liquid-solid reactor are characterized by different flow
regimes, namely, the homogeneous, transition, and heterogeneous regimes, mainly depending on the superficial gas velocity.
The homogeneous regime exists at low superficial gas velocities
and changes to the heterogeneous regime with an increase in
the superficial gas velocity. The industrial interest for gas-toliquid processes is in the heterogeneous flow regime.1,39 The
hydrodynamics, heat and mass transfer, and mixing behavior
are quite different in different regimes.40 It is therefore extremely
important to understand the different hydrodynamics and flow
regime transitions for the purpose of reactor design, operation,
control, and scale-up.
Much work has been done to study the regime transition in
multiphase flows in the last decades, and several experimental
approaches for identifying flow regime transition have been
proposed. These approaches generally fall into two types: one
type is based on a sharp variation of the gas holdup40 or the
drift flux41,42 with respect to the superficial gas velocity or uses
the dynamic gas disengagement technique; the other type is
based on analysis of the dynamic signal-by-signal processing
methods such as statistical analysis,43,44 fractal analysis,45 and
chaotic analysis.46 In recent years, regime identification methods
based on theoretical analysis, such as linear analysis47 and the
population balance model,48 were also developed. Table 1
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Table 1. Comparison of Methods for Identifying the Flow Regime Transitiona
advantages and disadvantagesb
method

application

accuracy

ease of use

comp. cost

additional information

g,×c
O

g
g

g
g

BC
BC & ALR
BC & ALR
BC & ALR

O
O
g
O

O
O
O
O

g
×
×
O

BC & ALR
BC & ALRd

g
Oe

O
O

O
×

gas holdup
gas holdup, and C0 (related to radial profile),
C1(related to bubble rise velocity)
flow structure of the gas phase, bubble rise velocity
Hurst exponent and fractal dimension
correlation dimension and Kolmogorov entropy
probability density function (PDF) of the signal
and the moments of PDF
characteristic scales of time and length
bubble breakup and coalescence rate
and flow structure of the gas phase

Rg-Ug plot method
drift-flux method

BC
ALR

DGD method
fractal approach
chaos analysis
statistical analysis
autocorrelation function
population balance model

a Part of this table was adapted from the results of Vial et al.55 b Symbols used in the table have the following meaning: (g) good, (O) medium, (×)
poor. c g when the plot has a maximum and × otherwise. d In principle, the PBM can be used to identify the flow regime transition in ALR as well, but
related results have not yet been reported in the literature. e The accuracy strongly depends on the bubble breakup and coalescence modeling.

Figure 6. Identification of regime transition with the Rg-Ug plot method
reprinted with permission from the work of Zahradnı́k et al.40 Copyright
1996 Elsevier Limited.

summarized the advantages and disadvantages of the typical
methods for identifying the flow regime transition in terms of
application range, accuracy, ease of use, computational cost,
and additional information provided.
3.3.1. rg-Ug Plot Method. The method of identifying flow
regime transition by plotting the gas holdup, Rg, with respect
to the superficial gas velocity, Ug, is based on the different
variation of Rg with increasing Ug, as shown in Figure 6. In the
homogeneous regime, the gas holdup shows an approximate
linear increase with increasing superficial gas velocity; when
the flow enters the heterogeneous regime, the increase of the
gas holdup with increasing superficial gas velocity becomes less
pronounced. Therefore, the slope of the Rg-Ug plot can be used
to identify the flow regime. With an efficient gas distributor,
such as a sintered porous plate or perforated plate with small
orifices, the flow exhibits typical homogeneous, transition and
heterogeneous regimes with increasing superficial gas velocity;40,49,50 while with a gas distributor of poor performance, such
as a single nozzle or perforated plate with relatively large
orifices, the heterogeneous regime prevails even in low superficial gas velocities.49
3.3.2. Drift-Flux Method. The drift-flux model, proposed
by Zuber and Findlay,41 is expressed as follows:

Ug/Rg ) C0(Ug + Ul) + C1
where C0 is a parameter related to radial uniformity of the gas
holdup and C1 is a parameter related to the bubble rise velocity.
Because the radial profiles of the gas holdup are different in
the homogeneous and heterogeneous regimes, the variation of
C0 with Ug + Ul can be used to identify the flow regime
transition, as shown in Figure 7.42

Figure 7. Identification of regime transition with the drift-flux model
reprinted with permission from the work of Vial et al.42 Copyright 1992
Elsevier Limited.

Figure 8. Identification of regime transition with the DGD method reprinted
with permission from the work of Camarasa et al.49 Copyright 1999 Elsevier
Limited.

3.3.3. Dynamic Gas Disengagement (DGD) Method. The
DGD method was initially proposed by Sriram and Mann51 and
has been widely used to study the bubble holdup structure and
bubble rise velocities.39,49,52,53 In the DGD method, the gas
supply is sharply stopped and the gas holdup variation is
monitored. The variation of the gas holdup shows different
characteristics in different flow regimes, as shown in Figure 8.
In the homogeneous regime, the gas holdup decreases linearly
with lapsing time after stopping the gas supply. In the
heterogeneous regime, the variation of the gas holdup with
lapsing time has two different periods: in the first period, both
large bubbles and small bubbles disengage from the liquid,
resulting in a much faster decrease in the gas holdup; while, in
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the second period, all large bubbles have disengaged from the
system and only small bubbles disengage from the liquid,
resulting in a slower decrease in the gas holdup.
3.3.4. Dynamic Signal Analysis Method. Drahoš et al.43
analyzed the pressure fluctuations by a fractal approach and
found that the value of the Hurst exponent computed from the
rescaled range analysis could be used to distinguish the flow
regime transition. Bakshi et al.54 studied the regime transition
in a gas-liquid bubble column using multiresolution analysis
of the gas holdup signal and found that the intermittence of the
measured signal characterized the transition from the homogeneous to heterogeneous regime. Letzel et al.46 used the chaotic
invariant Kolmogorov entropy to quantify the chaos dynamics
in bubble columns, and showed that Kolmogorov entropy
indicates a sharp transition from the homogeneous to heterogeneous regime. Vial et al.55 compared several methods of
regime identification based on analysis of pressure fluctuations,
including statistical analysis, spectral analysis, fractal analysis,
chaotic analysis, and time-frequency analysis, both in a bubble
column and an external-loop airlift reactor. Their ability to
determine regime transition and to extract regime features is
compared. A new simple and efficient method was proposed
for regime identification based on the autocorrelation function.
This method also provided quantitative information about the
characteristic time and the axial dimension of the flow structure.
Lin et al.56 estimated four chaotic invariants, namely, correlation
dimension, largest Lyapunov exponent, metric entropy, and
mutual information in different flow regimes. The transition
superficial gas velocity was determined by the sharp increase
or decrease of these obtained chaotic invariants.
3.3.5. Population Balance Model Method. The above
approaches need experimental data and do not give a direct
explanation on the mechanism of regime transition. Due to the
complexity of gas-liquid flows, it is very difficult to predict
the regime transition by theoretical modeling. Olmos et al.57
modeled the gas-liquid flow with the population balance model
(PBM), and the results showed that it was possible to predict
numerically the regime transition as long as several gas phases
were considered. In their work, 10 bubble classes of diameters
ranging from 1 to 10 mm were used. This bubble division may
cause remarkable errors because bubbles much larger than 10
mm exist in the heterogeneous regime. The authors pointed out
that their study did not pretend to describe exactly the complex
coalescence and breakup phenomena occurring in bubble
columns but rather showed the possibilities of the application
of population balance equations. They used the bubble breakup
and coalescence kernels proposed by Luo and Svendsen58,59 and
Prince and Blanch,60 respectively. However, these bubble
breakup and coalescence models have some limitations.61-63
Furthermore, it is necessary to consider the multiple bubble
breakup and coalescence mechanisms to reasonably predict the
bubble size distribution both in the homogeneous and heterogeneous regimes.48,63
Wang et al.48 studied the theoretical prediction of flow regime
transition in bubble columns based on the bubble size distribution predicted by the PBM with 30 bubble classes (from 0.0576
to 11.6 cm). Models for bubble coalescence and breakup resulted
from different mechanisms, including coalescence resulting from
turbulent eddies, coalescence resulting from different bubble
rise velocities, coalescence resulting from bubble wake entrainment, breakup resulting from eddy collision, and breakup
resulting from large bubble instability, were proposed. Simulation results in Figure 9 showed that, at relatively low superficial
gas velocities, bubble coalescence and breakup were relatively

Figure 9. Bubble size distribution in different superficial gas velocities
predicted by PBM reprinted with permission from the work of Wang et
al.48 Copyright 2005 Elsevier Limited.

Figure 10. Variation of the volume fraction of small bubbles with respect
to superficial gas velocity predicted by PBM reprinted with permission from
the work of Wang et al.48 Copyright 2005 Elsevier Limited.

weak and the bubble size was small and had a narrow
distribution; with an increase in the superficial gas velocity, large
bubbles began to form due to bubble coalescence, resulting in
a much wider bubble size distribution. The regime transition
was predicted to occur when the volume fraction of small
bubbles sharply decreased, as shown in Figure 10. The predicted
transition superficial gas velocity was about 4 cm/s for the airwater system, in accordance with the values obtained from
experimental approaches.
3.4. Bubble Behaviors, Gas Holdup, and Liquid Velocity.
Bubble behaviors, gas holdup, and liquid velocity are the most
important hydrodynamic parameters in a gas-liquid-solid
slurry reactor. For measuring techniques for experimental study
on the hydrodynamics in gas-liquid and gas-liquid-solid
multiphase reactors, readers are referred to the comprehensive
review by Boyer et al.64 Early studies on the slurry reactor
focused on the global hydrodynamic behaviors, while the local
parameters, such as the gas holdup, liquid velocity, bubble size,
and rise velocity, are useful for a better understanding of the
hydrodynamics in the reactor. However, experimental studies
on local hydrodynamic parameters are still limited, mainly due
to the difficulty with the experiment and measuring technique.
In recent years, more and more studies on local hydrodynamic
behaviors have been reported65-69 and resulted in a much better
understanding of the slurry reactor. The dominant conditions
that influence the hydrodynamics and mass and heat transfer
behaviors include the superficial gas velocity, pressure, temperature, solid concentration, reactor dimensions, and gas
distribution.
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3.4.1. Influence of Superficial Gas Velocity. 3.4.1.1. Influence of Ug on Bubble Behavior. In low superficial gas
velocities, bubbles are relatively small and uniform with weak
bubble-bubble interaction. In high superficial gas velocities,
bubble breakup and coalescence become significant, resulting
in a wide bubble size distribution. For simplification, bubbles
in the heterogeneous regime were often divided into two groups
of small and large bubbles and were studied with the DGD
method.39,49,52,53 The coexistence of small and large bubbles in
gas-liquid and gas-liquid-solid reactors have been found by
visual observation.70,71 It should be pointed out that the existing
DGD models, without considering the bubble-wake attraction
effect, may severely underestimate the holdup of small bubbles
and overestimate the holdup of large bubbles, especially in high
superficial gas velocities.72 In recent years, the PBM was used
to predict the bubble size distribution.48,57,63,73-75 Although much
work remains to be done with the PBM method, it provides a
theoretical framework in which to study the complex bubble
behaviors and has drawn increasing attention in recent years.
Generally speaking, the bubble size increases with increasing
superficial gas velocity. Fukuma et al.76 and Saxena et al.77
reported that the bubble size increased with increasing superficial
gas velocity and the maximum bubble size was attained at a
certain gas velocity. Similarly, Li and Prakash reported that the
bubble size increased with increasing superficial gas velocity.53
However, contrary results have been reported in relatively low
superficial gas velocities.78,79 This contradiction may rise from
differences in the gas distributor.
In the homogeneous regime, the bubble rise velocity almost
does not change with the superficial gas velocity. In the
heterogeneous regime, the bubble rise velocity is much more
complex. DGD experiments showed that the rise velocity of
small bubbles decreased whereas the rise velocity of large
bubbles increased with increasing superficial gas velocity.53,80
Schumpe and Grund81 obtained similar results except they found
that the rise velocity of small bubbles decreased gradually with
increasing superficial gas velocity and attained an almost
constant value afterward.
In the homogeneous regime, the bubble behaviors are fairly
uniform in the radial direction. While in the heterogeneous
regime, enhanced bubble coalescence results in a wide bubble
size distribution and an increasing radial nonuniformity of the
bubble behaviors. Experimental studies and numerical simulations showed that large bubbles rose up mainly in the central
region of the column and with large rise velocities, while the
radial profile of small bubbles is much more uniform.74,82
3.4.1.2. Influence of Ug on Gas Holdup. The superficial gas
velocity is a dominant factor that affects the gas holdup, and
numerous experimental studies have been reported.39,52,67-69,83-85
Generally, the gas holdup increases with an increase in the
superficial gas velocity, but this increase shows different
characteristics in the homogeneous and heterogeneous
regimes:67,85 the average gas holdup increases almost linearly
with increasing superficial gas velocity in the homogeneous
regime, while this increase is less pronounced in the heterogeneous regime, because large bubbles are formed due to bubble
coalescence and these large bubbles have a notable bubblewake attraction effect.74,86
On the basis of the DGD experimental results, Krishna et
al.87,88 proposed a two-class bubble model, which has been
widely used in studies on the heterogeneous regime. Krishna
et al.52 and Hyndman et al.39 found that in the heterogeneous
regime the overall gas holdup increased with increasing
superficial gas velocity, mainly due to an increase in the large-

bubble holdup; the contribution of small bubbles to the overall
gas holdup was almost constant and equal to the transition
holdup, i.e., it did not increase with increasing superficial gas
velocity.
The radial profile of the gas holdup is relatively uniform in
the homogeneous regime and becomes more parabolic in the
heterogeneous regime.85,89-91 This difference has been explained
with the lateral forces that act on the bubbles.74,84,92-94 The radial
profile of the gas holdup is determined by such lateral forces
as the transverse lift force, turbulent dispersion force, and wall
lubrication force. These lateral forces depend on the bubble size,
for example, the transverse lift force acts to the high-liquidvelocity side for large bubbles and to the low-liquid-velocity
side for small bubbles. The bubble size distributions in the
homogeneous and heterogeneous regimes are much different,
and thus, the gas holdup also shows different radial profiles.
3.4.1.3. Influence of Ug on Liquid Velocity. In the bubble
column, the liquid rises with the bubbles in the central region
of the column and flows downward in the near-wall region. In
fact, the radial profiles of the gas holdup and liquid velocity
are closely related to each other.95 The value of the center-line
liquid velocity, ul0, increases with increasing superficial gas
velocity.67,89,96,97 Degaleesan et al. studied the radial profiles
of the time-averaged nondimensional axial liquid velocity, <ul>/
Ug, for three columns of different size.67 Their results showed
that the variation of the liquid velocity with respect to the
superficial gas velocity depended on both the flow regime and
column diameter. In the 14 cm column, the radial profiles of
<ul>/Ug fell into two groups: one for Ug values of 2.4 and 4.8
cm/s, and the other for Ug values of 9.6 and 12 cm/s. These
two group clearly represented the homogeneous and heterogeneous regimes, respectively. A similar trend was observed in
the 19 cm column, while the radial profiles of <ul>/Ug for the
44 cm column did not overlap. Wu and Al-Dahhan proposed a
correlation, which involved two parameters of the radial profile
of the gas holdup, for prediction of the radial profile of the axial
liquid velocity. This correlation required as input only the
superficial gas velocity, physical properties, and column dimensions.95 The value of ul0 was recommended to be obtained from
either experiments or correlations by Zehner98 and Riquarts.99
In their work, the experimental value of ul0 was used and good
agreement was obtained compared with the radial profiles of
the measured liquid velocity reported in the literature within a
wide range of conditions. However, the prediction of ul0 is rather
difficult. Krishna et al. made a comparison of nine correlations
for ul0 in the air-water system and found that there was a very
large discrepancy among the predictions.100 Their results also
showed that full CFD simulations could give reliable predictions
of radial profiles of the liquid velocity.
3.4.2. Influence of Physical Properties. Zahradnı́k et al.83
studied the influence of the liquid viscosity on the gas holdup
and regime transition in an aqueous saccharose solution in a
bubble column using a perforated plate gas distributor with 0.5
mm orifices. They found that the gas holdup remarkably
decreased with increasing liquid viscosity, as shown in Figure
11. With liquids of low viscosity, the dependence of the gas
holdup on the superficial gas velocity exhibited a typical
maximum or plateau that characterized the existence of the
homogeneous regime and its transition to the heterogeneous
regime. Above a critical value of liquid viscosity, say
8.0 mPa‚s, formation of the homogeneous regime was suppressed and the flow was in the heterogeneous regime. Li and
Prakash101 and Urseanu et al.102 also found a decrease in the
gas holdup with increasing liquid viscosity. Kuncová and
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Figure 11. Influence of liquid viscosity on gas holdup reprinted with
permission from the work of Zahradnı́k et al.83 Copyright 1997 Elsevier
Limited.

Zahradnı́k103 obtained similar results in a bubble column reactor
0.152 m in diameter using aqueous solutions of saccharose
within the viscosity range 1-l10 mPa‚s, but the dependence of
gas holdup on liquid viscosity exhibited a slight maximum at
µl ≈ 3 mPa‚s, followed by a sustained decrease of gas holdup
with increasing viscosity up to µl ≈ 30 mPa‚s.
It was also reported that adding a small amount of a surfaceacting material (surfactant) to water resulted in a decrease in
the bubble size and significantly higher gas holdup values.104-106
Zahradnı́k et al.105 studied the effect of the addition of aliphatic
alcohols on the flow behavior in a bubble column with viscous
liquid and found that the addition of a relatively small amount
of alcohols (cA = 10-5-10-2 kmol/m3, with a smaller value
for a longer carbon chain) had a significant effect on suppressing
bubble coalescence, improving the radial uniformity of the gas
holdup and increasing the gas holdup. Addition of alcohols
compensated even for the negative effect of liquid viscosity on
the formation and stability of the homogeneous regime. Dargar
and Macchi106 studied the effect of surface-active agents on the
phase holdups of a gas-liquid bubble column and three-phase
fluidized bed (with glass beads of 1.2 and 5.0 mm). The results
showed that the presence of surface-active agents increased the
gas holdups in a bubble column by an average of 41% and
increased the gas holdups in a three-phase fluidized bed by an
average of 37%. The presence of electrolyte or impurities were
also found to increase the gas holdup.107,108
Veera et al.109,110 studied the effect of addition of n-butanol
on the gas holdup profiles with both multipoint and single-point
spargers. They found that the solutions exhibited foaming
behavior at higher concentrations of n-butanol and that the radial
profile of the gas holdup depended strongly on the sparger
design and the concentration of the alcohol. For both the
multipoint and single-point spargers, the average gas holdup
increased and the radial profiles of the gas holdup were flatter
with an increase in the concentration of n-butanol.
3.4.3. Influence of Pressure. All the gas-to-liquid processes
are carried out in high pressure and temperature. The hydrodynamics and mass transfer in such conditions are quite different
compared with those in ambient conditions.111 Although studies
conducted at high pressure and temperature are much less
abundant than those conducted at ambient conditions and the
mechanism of pressure influence is not yet well understood,
many valuable results have been obtained in the literature.
3.4.3.1. Influence of P on Bubble Behaviors. The influence
of pressure on the initial bubble size depends on the dimensionless capacitance number of the chamber, defined as Nc ) 4VcgFl/
πd02P, where Vc is volume of the gas chamber and d0 is the
orifice diameter. When the pressure is low so that Nc > 1, the

initial bubble size remarkably decreases with increasing pressure.
When the pressure exceeds a value that makes Nc < 1, the
increase of initial bubble size becomes insignificant with a
further increase in the pressure.111 For a given bubble size, the
rise velocity of a single bubble decreases with increasing
pressure, and the influence of pressure on the variation of ub
with db can be represented by the Fan-Tsuchiya equation.112
Compared with low pressures, the number of large bubbles is
reduced at high pressures and the bubble size distribution
becomes narrower.113-115 By visual observation, Lin et al.71
found that the bubble size in the slurry reactor remarkably
decreased with increasing pressure.
3.4.3.2. Influence of P on Gas Holdup. Experimental results
showed that the gas holdup was uniquely dependent on the gas
density no matter whether the increased gas density was a result
of higher pressure or gas molecular weight.87,114,116 Therefore,
the gas density was used to describe the influences of both
pressure and gas molecular weight.
It is suggested from the literature that the influence of gas
density on the gas holdup is more remarkable at higher
superficial gas velocities.71,85,91,102,114,116-119 Actually, the gas
holdup is almost independent of gas molecular weight or
operating pressure in the homogeneous regime.91,117,120 This
explains the inconsistency of results concerning the influence
of pressure on the gas holdup: some researchers reported an
increase in the gas holdup with increasing pressure, while others
found little influence of pressure on the gas holdup. Deckwer
et al.120 studied the influence of pressure on the gas holdup in
the typical homogeneous regime and found the gas holdup to
be independent of the pressure. Some other researchers91,114,116,117
studied the influence of the pressure on the gas holdup in a
wider superficial gas velocity range and found that, with an
increase in the gas density, the gas holdup increased notably in
high superficial gas velocities but had different variations in
low superficial gas velocities, depending on the gas distributor,
liquid viscosity, and solid concentration. When an efficient gas
distributor, e.g., sintered plate or perforated plate with orifices
smaller than 1.0 mm, is used, the typical homogeneous regime
exists in which the gas density has negligible influence on the
gas holdup.91,117 With inefficient gas distributors such as a single
nozzle or perforated plate with relatively larger orifices49,71 or
in a system with highly viscous liquid102 or high solid
concentration,121 the heterogeneous regime prevails even in low
superficial gas velocities. In such cases, the gas holdup increases
with increasing gas density in low superficial gas velocities,
but in a less pronounced manner than in high superficial gas
velocities. Jiang et al.122 reported that the gas holdup increased
with increasing pressure up to a point, beyond which there was
no significant pressure effect on the gas holdup. As discussed
earlier, the transition superficial gas velocity increases with
increasing pressure. When this transition velocity is larger than
the operating superficial gas velocity, a further increase in the
pressure will no longer have any influence on the gas holdup.
Urseanu et al.102 studied the influence of operating pressure on
the gas holdup with different liquid viscosities. They found that
the total gas holdup increased strongly with increasing pressure
for a low-liquid-viscosity system (nitrogen-water, µl ) 0.001
Pa‚s) and this increase was much less pronounced for the highliquid-viscosity system (nitrogen-Tellus oil, µl ) 0.07 Pa‚s);
for extremely viscous systems (µl > 0.1 Pa‚s), the influence of
pressure became insignificant.
The increase of the gas holdup with increasing gas density
is mainly caused by the reduced stability of large bubbles, which,
in turn, has two influences: One is that transition from the
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homogeneous to heterogeneous regime is delayed, and the gas
holdup at the transition point is also higher;85,102,116,123 The other
is that breakup of large bubbles is enhanced,114 resulting in a
decrease in the large-bubble size and an increase in the largebubble holdup.123 Further, some studies showed that the
coalescence rate decreased with increasing pressure124 and the
initial bubble sizes near the gas distributor decreased at elevated
pressure,125 both of which are favorable to decrease the bubble
size and increase the gas holdup.
3.4.4. Influence of Temperature. With an increase in the
temperature, the liquid viscosity and surface tension decrease
and result in a smaller average bubble size and a narrower
bubble size distribution. Saxena et al.77 investigated the bubble
columns with gas-liquid and gas-liquid-solid systems within
a 297-343 K temperature range and found a temperature
dependence of the gas holdup only in the two-phase system.
Soong et al.126 found that the Sauter mean bubble diameter
remarkably decreased with increasing temperature at a constant
superficial gas velocity in a gas-liquid-solid slurry system.
Lin et al.71 found that, for a fixed pressure and superficial gas
velocity, the increasing temperature generally increased the gas
holdup but this influence was rather complex. Pohorecki et al.127
found a decrease in the bubble swarm velocity and an increase
in the gas holdup with increasing temperature. Schäfer et al.128
experimentally studied the influences of the gas density, surface
tension, liquid viscosity, gas distributor, and operating conditions
on the bubble size. They reported that the stable bubble size
decreased with a decrease in the liquid viscosity or surface
tension and increasing temperatures resulted in reduced bubble
size. Lau et al.129 found that the influence of the temperature is
generally not very notable and this temperature influence is more
significant in high pressures than in low pressures.
3.4.5. Influence of Solid Concentration. To increase the
reactor capacity and catalyst loading, the slurry reactor should
be operated in high solid concentrations. However, the increase
of solid concentration may have a negative influence on the
hydrodynamics and gas-liquid mass transfer. It is therefore
important to identify practical operational limits and the design
implications of increasing solid concentrations in the column.
For example, the gas distributor design and column startup
procedure could be influenced by high solid concentrations.18
3.4.5.1. Influence of rs on the Viscosity of Liquid-Solid
Suspensions. In a gas-liquid-solid slurry system, the particles
are usually smaller than 100 µm. In such cases, the spatial profile
of the solid concentration is almost uniform. The main influence
of the solid concentration lies in an increase in the apparent
viscosity. Actually, the influence of increasing liquid viscosity
and solid concentration on the hydrodynamics is qualitatively
similar,80,83,130 as shown in Figures 11 and 12.
The liquid-solid suspension can be divided into completely
a dispersed suspension and coagulated suspension. The influence
factors include the particle size distribution, solid surface
characteristics, solid-liquid interaction, and flow shear rate. The
completely dispersed suspension is relatively simple, in which
the influence of the solid concentration on the apparent viscosity
can be described by Einstein’s theory, ηsus/ηl ) 1 + 2.5Rs, for
the well-dispersed dilute suspension with uniform spherical
particles, and by many other extended models131,132 and empirical correlations133-135 for a wider solid concentration range. The
typical influence of the solid concentration on the apparent
viscosity of a completely dispersed suspension is shown in
Figure 13.136 For a coagulated suspension, the apparent viscosity
complexly depends on the flow shear rate, solid surface
characteristics, and solid-liquid interaction. Particle coagulation

Figure 12. Influence of solid concentration on gas holdup reprinted with
permission from the work of Vandu et al.80 Copyright 2004 John Wiley &
Sons, Ltd.

Figure 13. Influence of solid volume fraction on suspension dynamic
viscosity reprinted with permission from the work of Brady.136 Copyright
2001 Elsevier Limited.

Figure 14. Influence of particle coagulation and shear rate on the dynamic
viscosity of suspension: (1) Percolating network; (2) dispersed suspension;
(3) suspension of clusters (reprinted with permission from the work of Perez
et al.138 Copyright 2000 Elsevier Limited).

commonly exists in a suspension with fine particles of nanoscale
but also in some suspensions of micrometer-sized particles with
special solid surface characteristics and liquid-solid interaction.
For example, using a silica particle of 1.62 µm as the solid
phase, Usui137 prepared a completely dispersed suspension using
ethylene glycol with 0.005 mol/L KCl as the solvent and
prepared an agglomerative suspension using distilled water with
0.01 mol/L KCl as the dispersing media. The rheology of a
coagulated suspension is much more complex than that of a
dispersed suspension, as shown in Figure 14.138 At high shear
rates, the particles are completely dispersed. Below a given value
of γ̆s, an increase in the apparent viscosity is observed resulting
from an increase in the effective volume fraction, which includes
the volume of both solid and entrapped liquid.
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Although the particles in a slurry reactor are commonly 10100 µm that are much larger than particles in a colloid system,
the coagulation phenomenon still exists to some extent in such
systems because: (1) very fine particles will be produced due
to particle attrition;139 (2) coagulation may occur for relatively
coarse particles of ∼10 µm when the particle-particle surface
interaction is strong. This may explain the results of Li et al.27
that gas holdups in suspensions of 11 µm particles were slightly
lower than in suspensions of larger particles (35 and 93 µm) in
the same solid volume fraction.
3.4.5.2. Influence of rs on Bubble Behaviors. Increasing
solid concentration generally increases the bubble size.53,140 This
was attributed to an increase in the apparent suspension viscosity
with increasing solid concentration. At high solid concentrations,
the bubble coalescence tendency is enhanced so that the fraction
of small bubbles becomes insignificant.71 Bubble breakup that
occurs above the gas distributor is suppressed in the presence
of fine particles in the suspension.18 Prakash et al.141 utilized
yeast cells in a bubble column and reported that, as the yeast
concentration increased, the rise velocity of large bubbles
increased, whereas the rise velocity of small bubbles decreased.
Behkish et al.19 found that the volume fraction of small bubbles
strongly decreased with increasing solid concentration in the
gas-liquid-solid slurry system.
3.4.5.3. Influence of rs on Gas Holdup. An increasing solid
concentration generally decreases the gas holdup.18,72,130,142
Although a bubble of the same size has a smaller rise velocity
in a system with higher solid concentration,140 the significant
increase of the average bubble size with increasing solid
concentration results in an increase in the bubble rise velocity
and a decrease in the gas holdup. The decrease of the gas holdup
with an increasing solid concentration is primarily due to the
reduction in the holdup of small bubbles.52 With an increase in
the solid concentration, the transition superficial gas velocity
decreases, and the operation range in the homogeneous regime
becomes progressively narrower. The decrease of the gas holdup
with increasing solid concentration is more significant in low
solid concentrations than in high solid concentrations. Kara et
al.143 found that the decrease of the gas holdup is more
significant from 0 to 25 wt % than at higher catalyst concentrations. Luo et al.72 also found that the decrease of the gas holdup
is more notable when the solid volume fraction increases from
0 to 0.081 than that from 0.081 to 0.191. Similar results were
obtained by Inga and Morsi,142 Gandhi et al.,18 and Li et al.27
The influence of the solid concentration shows different
characteristics in different superficial gas velocity ranges. Kato
et al.144 reported that the influence of the solid concentration
on the gas holdup is more significant at superficial gas velocities
higher than 10 cm/s. Similar results were obtained by Gandhi
et al.18 Also, the influence of the solid concentration on the gas
holdup shows different characteristics in different pressure
ranges. Luo et al.72 found that, at ambient pressure, the gas
holdup in the bubble column was almost 100% higher than in
the slurry with solid volume fraction of 0.191 in the entire
superficial gas velocity range; in contrast, at the pressure of
5.6 MPa, the influence of the solid concentration on the gas
holdup was relatively small in superficial gas velocities above
25 cm/s.
3.4.6. Influence of the Gas Distributor. The gas distributor
is an important factor that affects the bubble characteristics,
which, in turn, affect the gas holdup, mass transfer, and other
parameters. Commonly used gas distributors include the perforated plate, porous plate, membrane, porous tubes, and ring
type and arm type distributors. In the porous type gas distribu-

Figure 15. Influence of gas distribution on bubble size reprinted with
permission from the work of Lin et al.94 (Copyright 2004 Elsevier Limited):
(case 1) porous sinter plate; (case 2) perforated plate.

tors, the pores in the plate or tubes are large enough for adequate
passage of gas but small enough to prevent solid particles from
entering the pores. However, significant clogging of pores may
occur, e.g., due to solid particle attrition or failure of the gas
feed supply. Furthermore, the relatively small pores cause highpressure drops across the pores. Problems associated with ring
type or arm type distributors include the danger of drainage of
liquid-solid suspension into the gas supply system in the case
of failure of the gas feed supply. This danger exists when the
gas outlets are situated above or at the same level as the gas
supply system. To solve these problems, Boer and Schrauwen145
disclosed a gas distributor that comprises a feed pipe arrangement for feeding reactants to the spargers on the floor of the
reactor, via a distribution system disposed above the spargers.
The outlets of the spargers were typically oriented toward the
floor or parallel to it in order to eject gas across the floor. This
reduced settling of catalyst on the floor of the reactor, which
improved mixing of the slurry and reduced the problems
associated with uncontrolled reactions. For reactor scale-up,
Coppens146 disclosed a gas sparger consisting of pipes or
channels that were connected in a hierarchical fashion so that
the fluid entering the first channel was divided into channels
of the same or different diameter and length, each or some of
which were further divided into channels of the same or different
diameter and length, and so on. The gas sparger could also
consist of combinations of such treelike or fractal-like elements,
embedded in the plane or in space. Such designs could have a
good performance for reactors in a large scale.
In the gas distributor, small orifices enable the formation of
smaller bubbles. Schumpe and Grund81 worked with the
perforated plate and ring type gas distributor and concluded that,
with the ring type distributor, gas holdups of both small and
large bubbles were smaller compared those with the perforated
plate and the small bubble holdup showed a gradual increase
with increasing superficial gas velocity. Bouaifi et al.147 stated
that, the smaller the bubbles, the greater the gas holdup values.
Thus, they concluded that the gas holdup values were higher
with a small orifice gas distributor. Lin et al.94 studied the
influence of different gas distributors, i.e., porous sinter plate
(case 1) and perforated plate (case 2), in an external-loop airlift
reactor. Figure 15 compares the bubble sizes in the two cases.
The bubble sizes are much smaller in case 1 than in case 2,
showing that the porous sinter plate has a better distribution
performance. Their results also show that the radial profile of
the gas holdup in case 1 is much more uniform than that in
case 2 in the studied superficial gas velocity range. Zahradnı́k
et al.83 studied the influence of the gas distributor and found
significant influences of the gas distributor on both formation
of the homogeneous regime and the values of the gas holdup,
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Figure 16. Influence of gas distribution on gas holdup and volumetric
mass transfer coefficient reprinted with permission from the work of
Zahradnı́k et al.83 Copyright 1997 Elsevier Limited.

as shown in Figure 16. With the perforated plate, the gas holdup
with respect to the superficial gas velocity exhibited pronounced
maxima for orifices of 0.5 mm; while for orifices larger than
1.6 mm, the homogeneous regime cannot be generated. The
results also showed that the gas holdup was independent of the
orifice diameter in the heterogeneous regime. The industrial
slurry reactor for gas-to-liquid processes is usually operated in
relatively high superficial gas velocities and solid concentrations
and, thus, in the typical heterogeneous regime. In such cases,
the ring type distributor and arm type distributor are recommended to give a good performance on block resistance.145,148
While for gas-liquid processes operated in low superficial gas
velocities, gas distributors with higher efficiency, such as the
porous plate, membrane, or perforated plate with small orifices,
are preferred.
3.4.7. Influence of Reactor Dimensions. 3.4.7.1. Influence
of Reactor Dimensions on Gas Holdup. The knowledge of
the influence of reactor dimensions on the gas holdup is vital
for the scale-up and design of industrial reactors. The column
dimensions are usually expressed by column diameter D, height
H, and aspect ratio H/D.50 It is commonly accepted that the
hydrodynamics are independent of the column size, if D, H,
and H/D are larger than some minimum values. Different
minimum values have been reported. For example, the diameter
D should exceed 0.1-0.2 m,83,149,150 the height H should be
larger than 0.3-0.5 m151 or even 1-3 m,150 and the aspect ratio
H/D should be larger than 5.83,150,152-154
On the basis of the above discussion, for industrial reactors
several meters in diameter, the column diameter will have
negligible influence on the average gas holdup. It should be
pointed out that when using experimental results obtained in a
laboratory reactor apparatus to design an industrial reactor, the
laboratory apparatus muse have a diameter larger than the critical
value, say 0.15 m. In a bubble column with smaller geometrical
parameters, the gas holdup decreases with an increase in
D,83,129,155 H,150,156,157 or H/D.153,154 Zhu et al.158 measured the
gas holdup in different axial positions and found that the gas
holdup near the gas distributor was much higher than the average
gas holdup. Urseanu et al.102 studied the gas holdup in bubble
columns of 0.15 and 0.23 m and found that the gas holdup
decreased with increasing column size for liquids of both low
and high viscosities. The decrease of the gas holdup with
increasing H was explained by the three-region concept:150,159
the bottom and top regions had higher gas holdup than the
middle region, and the relative influence of the end regions
decreased with increasing H where the middle region with
relatively low gas holdup dominated. It should be mentioned
that although the decrease of the gas holdup with increasing D

was reported by the vast majority of investigators, the opposite
trend was also indicated for narrow columns.150,152
3.4.7.2. Influence of Reactor Dimensions on Liquid Velocity. The column diameter has a significant influence on the radial
profile of the liquid velocity. Forret et al.160 found that, at the
superficial gas velocity of 0.15 m/s, the centerline liquid velocity
increased from 0.44 m/s in a column of 0.15 m to 1.04 m/s in
a column of 1.0 m. Similar profiles of ul/ul0 were obtained
independent of the column diameter up to 1.0 m. Therefore,
the knowledge of the centerline liquid velocity, ul0, was enough
to describe the whole liquid circulation. This was also confirmed
by Krishna et al.100 and Wu and Al-Dahhan.95
3.5. Mass Transfer. The mass transfer rate was described
as the volumetric mass transfer coefficient. The liquid-solid
mass transfer coefficient is on the order of magnitude of 10-4
m/s,161 which is comparable to the gas-liquid mass transfer
coefficient.162 However, the liquid-solid interfacial area is much
larger than the gas-liquid interfacial area at the same gas holdup
and solid holdup, because the particle sizes in a slurry system
are much smaller than bubble sizes. Thus, the resistance of
liquid-solid mass transfer is negligible compared with the gasliquid mass transfer, and only the latter one will be discussed
below.
3.5.1. Similarity of Mass Transfer and Gas Holdup. In
general, the variation of the volumetric mass transfer coefficient,
kla, is similar to that of the gas holdup with respect to the
superficial gas velocity, liquid viscosity, solid concentration,
pressure, and temperature. In the literature, some correlations
related kla directly to the gas holdup instead of operating
parameters and predicted kla from the gas holdup data to the
power of 1-1.18.78,117,121,130,149,163 Letzel et al.117 found that the
ratio kla/Rg in the nitrogen-water system was almost constant
and had a value of approximately 0.5 1/s at varying system
pressures. Jordan and Schumpe119 also found that kla/Rg in the
nitrogen-decalin system was almost independent of the superficial gas velocity and gas density and has a value of about
0.45 1/s. Vandu and Krishna130 measured the volumetric mass
transfer coefficient for the air-water system in bubble columns
of different diameters, 0.1, 0.15, and 0.38 m, with the superficial
gas velocity in the range of 0 to 0.35 m/s. For superficial gas
velocities above 0.08 m/s, the value of kla/Rg was found about
0.48 1/s, practically independent of the column diameter and
superficial gas velocity.
Vandu and Krishna130 investigated the volumetric mass
transfer coefficients in gas-liquid systems with different liquids
(water, tetradecane, paraffin oil, and Tellus oil with viscosities
ranging from 1 to 75 mPa‚s) and found that kla/Rg in the churnturbulent regime shows a Sc-1/3 dependence, where Sc is the
Schmidt number of the liquid phase. They also found that kla/
Rg significantly decreased with increasing solid concentration,
which resulted from larger bubble sizes caused by enhanced
bubble coalescence. However, Vandu et al.121 found an increase
in kla/Rg with increasing solid concentration (gas phase air;
liquid phase C9-C11 n-paraffin mixture; solid phase Sasol
PURALOX ScCa 5/170, an alumina-based catalyst particle
carrier). Chaumat et al.164 plotted kla/Rg as a function of the
superficial gas velocity and found the values of kla/Rg varied
from 0.12 to 0.23 1/s, much lower than those obtained by Vandu
and Krishna.130 In addition, this ratio was not a constant even
in the heterogeneous regime: it increased with increasing
superficial liquid velocity. The authors claimed that the relationship between Rg and kla appeared to be more complex than the
oversimplified direct proportion. Nevertheless, the literature
survey indicates that the superficial gas velocity, pressure, and
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column diameter have insignificant influence on kla/Rg, thus
kla/Rg provides a useful scale-up rule, although not strict, for
estimating kla for industrial reactors of large diameter and
operated at high superficial gas velocities and pressures.
3.5.2. Influence of Superficial Gas and Liquid Velocities.
The superficial gas velocity is the dominant factor that influences
kla. With increasing superficial gas velocity, kla increases, less
pronounced in the heterogeneous regime than in the homogeneous regime.19,117-119,121,129,164-166 Tang and Fan167 found that
increasing the liquid velocity significantly increased kla but only
slightly increased the gas holdup. Yang et al.165,166 and Chaumat
et al.164 found a slight increase in kla with increasing superficial
liquid velocity. The enhancement of mass transfer at higher
liquid velocities is probably due to the turbulence induced by
the liquid flow. Lau et al.129 found that the influence of the
liquid velocity on kla became more pronounced at high
pressures. For example, at 2.86 MPa, increasing the liquid
velocity from 0.17 to 0.26 cm/s increased the mass transfer
coefficient by as much as 30%.
3.5.3. Influence of Pressure and Temperature. The gas
holdup and volumetric mass transfer coefficient increase with
increasing pressure19,117,129,168-171 or gas molecular weight.172,173
Kojima et al.169 found that both the gas holdup and volumetric
mass transfer coefficient increased with increasing pressure and,
for the single-nozzle gas distributor, the influence of the pressure
on the gas holdup and volumetric mass transfer coefficient
became significant at higher superficial gas liquid viscosities.
Ozturk et al.172 studied the mass transfer behavior in various
organic liquids and found that the volumetric mass transfer
coefficient increased with increasing gas density. The influence
of temperature on the gas-liquid mass transfer is much more
notable than on the gas holdup, due to the higher liquid
diffusivity at high temperatures. Jordan and Schumpe119 found
that increasing temperature had little influence on the gas
holdups in ethanol and decalin but increased the mass transfer
coefficients, mainly, by higher oxygen diffusivity. Lau et al.129
found that kla increases from 0.03 to 0.17 1/s when the
temperature increases from 25 to 92 °C. As for the corresponding gas holdup, it only increases from 0.24 to 0.30.
3.5.4. Influence of Solid Concentration and Liquid Viscosity. Most results in the literature show that the volumetric mass
transfer coefficient decreases with increasing solid concentration19,130,149,173,174 or liquid viscosity.118,173,175,176 However, different results were also reported. Vandu et al.121 found that the
volumetric mass transfer coefficient was virtually independent
of the solid concentration for the C9-C11 paraffin oil slurries
with Sasol PURALOX ScCa 5/170 (an alumina-based catalyst
particle carrier) as the solid phase. The authors concluded that
the natures of the solid particles and of the liquid phase were
important determinants on the variation of the volumetric mass
transfer coefficient with the solid concentration. In some
systems, the volumetric mass transfer coefficient has a maximum
value in the low-solid-concentration range.165,166,177-179 The
possible explanation for this is that, in the range of low solid
concentration, the existence and movement of particles take the
effects of breaking bubbles and enhancing the turbulence of
the liquid phase, which are favorable to intensify the gas-liquid
mass transfer. In the range of high solid concentration, the
increased solid concentration results in an increase in the
apparent suspension viscosity and a decrease in the gas-liquid
mass transfer rate.
3.5.5. Influence of Surfactants. The presence of surfactants
affects the bubble generation process, hence the specific
interfacial area, liquid-side mass transfer coefficient, and volu-

metric mass transfer coefficient. The influence of surfactants
on the gas and liquid mass transfer was rather complex, and
different results were reported in the literature. Muller and
Davidson180 experimentally studied the effect of surface active
agents on the mass transfer with viscous media and reported
that the presence of octanol in solution increased the volumetric
mass transfer coefficient kla by 50%. The authors attributed this
increase to the creation of small bubbles and reduced bubble
coalescence due to surfactants. In contrast, different results were
reported by some other authors that both kla and kl values
markedly decreased with the presence of surfactants.181-185
Vázquez et al.182 found a reduction in the interfacial area with
the addition of surfactant; however, Painmanakul et al.,183 Azher
et al.,184 and Sardeing et al.185 found that the interfacial areas
in surfactant solutions were significantly larger than those in
water. Sardeing et al.185 found that the presence of surfactants
decreased the bubble diameters, and they described three zones
on the variation of the liquid-side mass transfer coefficient with
the bubble diameter: for bubble diameters less than 1.5 mm,
the kl values are roughly constant at 1 × 10-4 m/s and no effect
of the surfactants was observed; for bubble diameters greater
than 3.5 mm, the kl values were nearly constant with the bubble
diameter but depended on the surfactant concentration; for
bubble diameters between 1.5 and 3.5 mm, the kl values
increased from 1 × 10-4 m/s to the value reached at 3.5 mm
and also depended on the surfactant concentration.
3.5.6. Mass Transfer Coefficient and Interfacial Area.
Most studies on the mass transfer behavior are limited to
determining the volumetric mass transfer coefficient, kla.
Unfortunately, kla is global and not sufficient to provide a better
understanding of the mass transfer mechanism. The separation
of kl and a allows to identify which one of kl and a controls the
mass transfer.147,166,170
Wilkinson et al.168 found that both kla and a increased with
increasing pressure in a 0.158 m bubble column using a ring
gas distributor with 19 holes of 10 mm. Behkish et al.147
suggested that the gas-liquid mass transfer in the heterogeneous
flow regime and high solid concentrations were controlled by
the gas-liquid interfacial area. Stegeman et al.186 studied the
influence of the superficial gas velocity, pressure, and liquid
viscosity on the gas holdup and gas-liquid interfacial area in
a bubble column. The reactor was operated at pressures between
0.1 and 6.6 MPa, and the gas distributor was a perforated plate
with 284 holes of 0.4 mm. The liquid viscosity was varied in
the range from 1.0 to 9.4 mPa‚s. Their results showed that the
pressure had a small influence on the gas holdup in pure water
but had a pronounced influence on the gas holdup for more
viscous liquids. For the most viscous liquid, all interfacial area
data were obtained in the fully heterogeneous regime and it was
demonstrated that the interfacial area increased with increasing
pressure and was moderately affected by the superficial gas
velocity. For the less viscous liquids, both the pressure and
superficial gas velocity affected the interfacial area and this
influence depended on the flow regime. Stegeman et al.186
concluded that the flow regime had an important influence on
the mode in which the operating parameters affected the
interfacial area. Pohorecki et al.187 studied the influences of the
temperature and pressure on the bubble size and gas holdup
for the nitrogen-water system in a temperature range of 30160 °C and a pressure range of 0.1-1.1 MPa. The column was
equipped with several gas distributors of different geometries.
The bubble sizes were found to be independent of the position
in the column, distributor geometry, superficial gas velocity,
temperature, and pressure. The gas holdup was found to be
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dependent only on the gas superficial velocity. The values of
the interfacial area, calculated from the experimental values of
the bubble size and gas holdup, were also found to be dependent
only on the gas velocity. Maalej et al.162 found that, for a given
superficial gas velocity, both kla and a increased, while kl
remained constant whatever the operating pressure; for a fixed
gas mass flow rate, both kla and a decrease with increasing
operating pressure. Yang et al.166 found that both the interfacial
area and mass transfer coefficient increased with increasing
superficial gas and liquid velocities. They also found that kl
increased greatly with increasing solid concentration in the lowsolid-concentration range and decreased slowly with a further
increase in solid holdup. Vandu et al.121 found that kl for large
bubbles was practically independent of the superficial gas
velocity and had values in the range of 0.002-0.003 m/s, about
1 order of magnitude higher than those estimated from the
correlation proposed by Akita and Yoshida.78 This higher kl
value can be attributed to the frequent bubble breakup and
coalescence of large bubbles, which enhance the renewal of the
gas-liquid interface. Lemoine115 studied the hydrodynamic and
mass transfer characteristics in organic liquid mixtures in a largescale bubble column for the toluene oxidation process. They
found that both kl and a increased with increasing superficial
gas velocity. Increasing pressure, on the other hand, increased
both kla and a but decreased kl.
3.6. Liquid-Solid Separation. In FT synthesis in a slurry
reactor, it is necessary to maintain the slurry at a constant level,
removing the liquid products from the reactor. One problem
with the removal of liquids, however, is that catalyst particles
are dispersed in the liquid and must be separated from the slurry
and, in some cases, returned to the reactor in order to maintain
a constant inventory of catalyst in the reactor. Both iron catalyst
and cobalt catalyst are currently used for FT synthesis. Separation of wax from supported cobalt catalysts is much easier than
for unsupported iron catalysts due to attrition resistance of the
support material.11 The unsupported iron catalyst will be rapidly
broken down to produce fine particles of 1-3 µm,188 which
further increases the difficulty of the liquid-solid separation,
for example, blinds the pore openings of the filter. To solve
problems with solid separation from the liquid products, Sasol
paid attention both to physical characteristics of the catalyst
and the separation processes themselves. Several techniques
were evaluated; these findings were considered to be proprietary
information. Stringent specifications for solids in the final wax
cut were claimed to have been easily met.17
In general, there are two types of liquid-solid separators:
in-reactor separators and external separators. A comprehensive
review of the liquid-solid separation for the FT synthesis
process was given by Zhou and Srivastava,189 in which the
liquid-solid separation approaches were divided into filtration,
settling, centrifugation, vacuum distillation plus thermal cracking, high gradient magnetic separation, and chemical conversion.
It was concluded that gravity settling, centrifugation, pressure
filtration, and high gradient magnetic separation were technically
feasible, either singly or in combination. In this section, recent
developments on the liquid-solid separation for a slurry system
will be reviewed.
3.6.1. Settling Method. Gravity settling is a commonly used,
simple, and inexpensive method for FT wax-catalyst separation,
but a long settling time of 1-3 h is required to reduce the solids
content in the wax to 0.1 wt %. Zhou and Srivastava189 reported
that the British Greenwich FT pilot plant operated a gravity
settling system fairly well. Mobil utilized an external system
in which slurry was circulated by density differences and the

time in the separator was sufficient for the slurry to settle so
that solids-rich and nearly solids-free zones were formed. It may
be difficult to achieve very low solids content, e.g., 1-2 ppm,
for the wax by means of settlers and hydroclones. However,
they can be a good preliminary separation step to recover most
of the catalyst particles from the slurry in the form of a
concentrated catalyst underflow for recycling back to the reactor.
The clarified wax overflow can subsequently be processed by
more efficient but usually expensive techniques, such as pressure
filtration and magnetic separation to required low solid content.
Benham et al.190 disclosed a dynamic settler apparatus for
wax-catalyst separation. The settler has a sealed chamber into
which a vertical feed conduit extends downward for a substantial
length so as to form an annular region between the inner walls
of the chamber and the feed conduit. As the slurry flows into
the annular region at the bottom of the settler, the heavier
catalyst particles are carried down, removed from the settler at
the bottom, and then recycled back to the reactor. The wax rises
up in the annular region, and this clarified wax is removed at
the top. In this dynamic settler apparatus, both gravity and the
jet momentum cause the particles to move downward. The outlet
pipe for clarified wax can optionally have a filter to further
purify the wax. Both internal and external dynamic settlers can
be used in series to further improve the wax-catalyst separation
efficiency.
Hydroclones have been successfully employed for the liquidsolid separation in the petroleum refining industry and, recently,
have been used in the FT synthesis process. Clerici and
Belmonte191 disclosed using hydroclones coupled with a porous
filter for the liquid-solid separation for the FT synthesis process.
The hydrocyclone separates the suspension into the underflow
concentrated in solids and the overflow diluted in solids. The
diluted overflow is further separated by the micro-/ultrafiltration
element to give the liquid product.
3.6.2. Filtration Method. Rytter et al.192 described a vertical
cylindrical filter in the form of a fine meshed screen located
inside the reactor within the slurry. In the examples, models
were used for the separation rather than a working reactor. Sasol
described in some detail their operation in a large pilot plant
with a slurry bubble column using a filter.193 Anderson194
disclosed a method in which the liquid product is separated from
the catalyst particles by passing the liquid product through a
plurality of cylindrical filters located within the reactor, such
that the liquid passes through the filters and the catalyst particles
conglomerate on the outside of the filters. As the liquid product
is removed from the filters, a portion of it is pumped into a
pulse surge vessel, such that the pressure of the pulse surge
vessel is higher than the pressure of the FT reactor. At the time
that it is desirable to remove the conglomerated catalyst on the
filters, the liquid product through the filters is stopped and a
high-pressure liquid product is sent from the pulse surge vessel
to a back-flushing liquid inlet of the filter to dislodge the
conglomerated catalyst particles. Müller195 reported using the
FUNDABAC filter family for liquid-solid separation. In the
FUNDABAC filtration system, each element is composed of
six filter tubes that were arranged around a central filtrate tube.
This created a so-called clover leaf pattern in cross section. This
unusual design promoted good adherence of the filter cake to
the filter cloth, i.e., the concave areas of the filter element caused
the cake to adhere during compression and guaranteed that it
remained in place throughout the entire cycle.
3.6.3. Other Liquid-Solid Separation Methods. 3.6.3.1.
Extraction. The U.S. DOE patented a process that separates
the catalyst from the wax product using a dense gas and/or liquid
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extraction in which the organic compounds in the wax are
dissolved and carried away from the insoluble inorganic catalyst
particles.196 When extraction is used in conjunction with
magnetic field separation, the electromagnets are added to the
interior and/or exterior of the separator. An additional separating
step, such as fine particle filtering, can also be used to remove
catalyst from wax product. Brioles et al.197 studied the use of
near-critical fluid extraction to remove wax product to provide
a solids enriched stream to return to the reactor and showed
that this approach was promising.
3.6.3.2. High-Gradient Magnetic Separation. Brennan et
al.198 patented a method that separates catalyst fines from the
wax product by high-gradient magnetic separation. In this
method, the wax passes through the magnetic field while the
catalyst fines which are typically iron-based or cobalt-based are
held by magnetized filter elements. The magnet structure is
expensive, but the operation and maintenance costs are low.
Zhou and Srivastava189 considered that this technique had the
potential to be used inside the slurry reactor, conceivably as a
section of the slurry recycle line surrounded by an external
electromagnet.
3.6.3.3. Combination Method. Each liquid-solid separation
method has its advantages and disadvantages. To satisfy the
requirement of a commercial FT synthesis process, it is usually
necessary to combine more than one liquid-solid separation
method. Clerici and Belmonte191 disclosed a method in which
the liquid-solid separation was complemented with combination
of hydrocyclone and filtration. The hydrocyclone provides a
preliminary separation that separates most of the catalyst
particles from the slurry and recycles them back to the reactor.
The clarified wax is subsequently separated by filtration to
required low solid content for further processing. Espinoza et
al.199 patented a method in which the difficulty in wax-catalyst
separation caused by catalyst attrition was solved by using a
settling system coupled with a filtration system. The settling
system continuously or intermittently removes catalyst subparticle fines from the slurry by way of a subparticle-rich stream,
and the filtration system separates the slurry into a catalystrich stream and a catalyst-lean stream that supplies the wax
products. Through this way, the overall concentration of catalyst
fines in the slurry is reduced, thereby increasing the effectiveness
and the life of a liquid-solid separation system.
3.7. Hydrodynamic and Mass Transfer in Slurry Airlift
Reactors. Many published works on airlift reactors are available
in the literature. Thus, the discussion here was limited to the
special characteristics, which are closely related to the gas-toliquid processes, of airlift reactors compared with bubble
columns. The global liquid circulation in an airlift reactor has
the following influences: first, it is favorable to homogenously
suspend the catalyst particles, which makes it possible to operate
the airlift reactor in low superficial gas velocities without solid
sedimentation; second, it makes the gas holdup and mass transfer
coefficient in the airlift reactor considerably lower than in a
bubble column;200-202 third, the variation of the gas holdup and
volumetric mass transfer coefficient with the system properties
and operating conditions, such as the superficial gas velocity,
pressure and temperature, liquid viscosity, and solid concentration, is less pronounced in the airlift reactor than in the bubble
column.203,204 This is because when the gas holdup increases
due to a variation in the operating conditions, e.g., an increase
in the superficial gas velocity, the liquid circulation velocity
also increases, which has a restraining influence on the increase
of the gas holdup and volumetric mass transfer coefficient.

Figure 17. Influence of solid concentration on bubble size at the height of
0.65 m in a 2D column from reprinted with permission the work of de
Swart et al.70 Copyright 1996 Elsevier Limited.

In an airlift reactor, the gas holdup and liquid circulation
velocity are the most important parameters, for which mathematical models have been proposed based on either momentum
balance or energy balance.69,204-207 In an airlift reactor, the liquid
circulation velocity is determined by the balance between the
flowing resistance and the driving force resulting from different
gas holdups in the riser and downcomer. When the rector height
is small, the flowing resistance in the bottom and top sections
is the main part of the total resistance. With an increase in the
reactor height, the proportion of the flowing resistance in the
bottom and top sections decreases, and this, in turn, increases
the liquid circulation velocity and decreases the gas holdup.
Therefore, the liquid circulation velocity will be too high in a
tall industrial airlift reactor. In such a case, it is necessary to
install internals in the riser to decrease the liquid circulation
velocity, increase the gas holdup, and enhance the gas-liquid
mass transfer.
4. Process Intensification with Internals
4.1. Necessity of Using Internals. For high reactor productivity, the industrial slurry reactor needs to be operated at high
superficial gas velocity and solid concentration. In the heterogeneous regime, the increase of the gas holdup with increasing
superficial gas velocity slows down due to an increase in the
large bubble fraction. With increasing solid concentration, the
apparent viscosity of the slurry phase remarkably increases,
which, in turn, increases the bubble size and decreases the gas
holdup, as can be seen in Figure 17. In some systems, the gasliquid mass transfer coefficient will decrease 3-fold when the
solid volume fraction increases from 0 to 0.25.130 Behkish et
al.19 reported that, at high solid concentrations, large bubbles
were formed with enhanced bubble coalescence and they limited
the mass transfer in the column. As a result, the authors
concluded that, for industrial bubble columns, the presence of
small bubbles should be preferred and the presence of large
bubbles should be avoided for higher mass transfer rates. Dreher
and Krishna208 studied the influence of perforated plates on the
liquid-phase back-mixing and found a reduction of the liquidphase back-mixing in compartmentalized bubble columns.
The decrease of the gas holdup and increase of the bubble
size have direct negative effects on the gas-liquid mass transfer,
which, in turn, affects the conversion and productivity. A small
initial bubble size can be achieved with an efficient gas
distributor, but the effective region of the gas distributor is
limited to only a certain height above the distributor, especially
at high superficial gas velocities. Internals are effective to
intensify the gas-liquid mass transfer, through the following
mechanics: (1) decrease the bubble size and increase the gas
holdup by increasing bubble breakup; (2) enhance the surface
renewal by increasing liquid turbulence, bubble breakup, and
bubble coalescence.
There is another important reason for using internals in the
riser of an airlift reactor. In an airlift reactors, the liquid
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circulation velocity increases with an increase in the reactor
height or column diameter.209 Thus, the liquid circulation
velocity may be up to 2-3 m/s or even larger in a tall industrial
airlift reactor. Internals have the function of controlling the liquid
circulation to give larger gas holdup and mass transfer coefficients. Further, some of the kinetic energy of the flowing liquid
is transformed into turbulent kinetic energy through the internals,
which further enhances bubble breakup and gas-liquid surface
renewal.
4.2. Influence of the Internals. In some works, the static
mixer was used in the riser to improve the performance of mass
transfer in an airlift reactor.210-212 Lin et al.211 observed that
the oxygen mass transfer for the cultivation of a cell increased
when a baffle-type static mixer was used. For non-Newtonian
liquids, the advantages of the used static mixers on mass transfer
were reported by Chisti et al.210 and Stejskal and Potucek.212
Okada et al.175 examined the influence of a packed bed set in
the riser on the volumetric mass transfer coefficient in an
external-loop airlift reactor with water, 20 wt % glycerol, 10
wt % ethanol, and 0.3 wt % CMC aqueous solutions. The results
showed that the presence of the packed bed in the riser increased
the kla values for all the liquids used. This increase in kla was
mainly associated with the increase in a due to bubble breakup
by the packed bed. They also found that increasing the layer
height of the packed bed was not an effective method for further
decreasing the bubble size. Nikakhtari and Hill213 inserted a
small quantity of nylon mesh packing in the riser section of an
external-loop airlift bioreactor and found that the overall
volumetric oxygen mass transfer coefficient increased by a factor
of 3.73 compared to an unpacked riser. The packing increased
the gas holdup and decreased the bubble size and liquid
circulation velocity, all of which contributed to the dramatic
improvement in oxygen mass transfer.
For a slurry reactor, the internal used must be block-resistant
while maintaining satisfactory performance of breaking bubbles.
In such cases, internals with relatively simple structure may be
of choice. Bendjaballah et al.214 studied the influence of inserting
a valve in the downcomer on the hydrodynamics in an externalloop airlift reactor and found that an increase in the flowing
resistance by changing the valve opening resulted in a remarkable increase in the gas holdup and a delay in transition from
the homogeneous to heterogeneous regime. Krichnavaruk and
Pavasant215 studied the influence of a perforated plate on the
gas-liquid mass transfer in an airlift reactor, and found that
the influence of the perforated plate was twofold. First, it helped
in breaking large bubbles that passed through the plate. Second,
the presence of a perforated plate seemed to lower the mass
transfer coefficient. The former influence is dominant, with the
gas-liquid interfacial area increasing to more than twice its
original value. As a result, the overall gas-liquid mass transfer
rate was enhanced with perforated plates inserted into the
system. Wang et al.69 studied the influence of the perforated
plate on the overall gas holdup. The gas holdup in the riser
with the perforated plate (case a) is about 2-fold that without a
perforated plate (case b), as shown in Figure 18. Zhang et al.216
studied the influence of a specially designed internal, called a
bubble scraper, in an external-loop airlift reactor with the rise
of 230 mm in diameter. The internal has been described in detail
by Jin et al.,76 and its structure is shown in Figure 19. This
bubble scraper is 230 mm in diameter and 100 mm in height.
The angle between the baffle of the internal and the vertical
axis is 45°. Each baffle is 30 mm in width and 1 mm in
thickness. There are some semicircular holes on the plate, and
each hole has a tonguelike plate facing the upstream to break

Figure 18. Influence of internals on the gas holdup in a air-water-solid
slurry system. The data are from the work of Wang et al.69

Figure 19. Photo of the internal bubble scraper reprinted with permission
from the work of Zhang et al.216 Copyright 2005 Elsevier Limited.

Figure 20. Influence of the bubble scraper on bubble size distribution in
the air-water system. The data are from the work of Zhang et al.216

bubbles. The results showed that this internal had the remarkable
effect of breaking bubbles, as shown in Figure 20, and made
the radial profiles of the gas holdup and liquid velocity more
uniform, as shown in Figure 21. The influences of the internal
become insignificant with increasing distance after the internal.
The effective distance was 1.0-1.5 m. Therefore, not only the
structure of the internal but also the number of the internals
and the distance between them should be optimized to give a
better performance of intensifying the mass transfer and
improving the hydrodynamics.
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Figure 21. Influence of the bubble scraper on radial profiles of gas holdup and liquid velocity in the air-water system. The data are from the work of Zhang
et al.216

Besides enhancing bubble breakup and improving the hydrodynamics, the internals also have the effects of decreasing
the liquid back-mixing, which is desirable to approach high
conversion.208,217-219 Dreher and Krishna208 found that installation of perforated sieve plates effectively restricted the liquid
circulations between the compartments. Alvaréa and Al-Dahhanb219 found that the compartmentalization of conventional
bubble columns by perforated trays was very effective to reduce
the liquid back-mixing. They studied the effect of tray design
and operating conditions on the overall liquid back-mixing in a
bench-scale trayed bubble column and found that a 3-fold
reduction in the liquid back-mixing was achieved in the trayed
column as compared to the column without the trays. Moreover,
the tray open area and the superficial liquid velocity were found
to have strong effects on the liquid back-mixing.
5. Modeling and Simulations
In order to develop design tools for engineering purposes,
much research has been carried out in the area of computational
fluid dynamics (CFD) modeling and simulation on gas-liquid
and gas-liquid-solid flows. The particles used in slurry systems
are fine and can be easily suspended in the liquid; therefore,
the liquid and solid phases were usually treated as a pseudohomogeneous phase.84,220 The influence of the particles was
taken into account by using the physical properties of the
liquid-solid suspension, such as the density and viscosity. Two
approaches are mostly used in the gas-liquid or gas-liquidsolid flows: the Euler-Lagrange approach221,222 and EulerEuler approach.73,88,223,224 The Euler-Lagrange approach has
the advantage of a clear physical description but the disadvantages of high computational cost and difficulties in considering
bubble deformation, breakup, and coalescence. The Euler-Euler
approach has the advantage that the model equations for each
phase have the same form and the simulations need much less
computations. Reactor-scale simulations usually use the EulerEuler approach.
Several good reviews on modeling and simulation of the gasliquid system were published in recent years.15,225-227 In most
CFD simulation works on dispersed gas-liquid and gasliquid-solid flows in the literature, the local bubble size
distribution was not used and a constant bubble size was used

instead. This simplification limits such models to the homogeneous regime. In fact, it is very important to consider in detail
the local bubble behavior for the following reasons:74 (1) The
bubble behavior has a significant influence on the flow regime
transition, since the major phenomenon causing the transition
from the homogeneous to heterogeneous regime is the occurrence of large bubbles. (2) The bubble size has a wide
distribution in the heterogeneous regime, which is the usual case
for an industrial reactor. (3) The complexity of bubble dynamics
makes the radial profiles of the gas holdup and bubble rise
velocity difficult to predict for a wide variety of conditions.15,225
This is because the radial profile of the gas holdup is determined
by the lateral forces, such as the transverse lift force, turbulent
dispersion force, and wall lubrication force, and these lateral
forces depend on the bubble size.84,92,93,228 However, the lateral
forces are ignored or simplified in most CFD simulations
reported in the literature.229-231 (4) Bubble breakup and
coalescence have a significant influence on the interphase mass
transfer.
Due to the importance of the bubble behavior, great efforts
have been made to take into account the influence of the bubble
size. Krishna et al.91 proposed a so-called three-phase or twoclass bubble model, in which the gas phase is divided into two
classes of small and large bubbles. In recent years, more and
more attention has been drawn to couple the PBM into the CFD
framework. This concept was implemented as the so-called
multiple-size-group (MUSIG) model in the commercial CFD
package, CFX. However the bubble breakup and coalescence
models used in CFX cannot give proper predictions in wide
operating conditions. Several authors have made attempts to
couple their own bubble breakup and coalescence models into
the CFD framework. Chen et al.75 used the population balance
model with different bubble breakup and coalescence closures
and concluded that the choice of bubble breakup and coalescence
closure does not have a significant influence on the simulated
results as long as the magnitude of breakup is increased 10fold. This conclusion is not consistent with the results of Wang
et al.,63 where four typical bubble coalescence and breakup
modes48,58-60,62,73 were compared. The results show that the
calculated bubble size distributions are quite different when
different bubble coalescence and breakup models are used. The
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bubble breakup and coalescence models are very important for
proper prediction of the bubble size distributions in different
flow regimes.
The two-fluid model with the assumption of constant bubble
diameter can give reasonable predictions for the homogeneous
regime because the bubble size distribution in such a condition
is narrow and the bubble interaction is relatively weak. The
most important issue of the CFD-PBM coupled model is
therefore its ability of predicting the hydrodynamics in the
heterogeneous regime where bimodal bubble size distributions
are observed especially in high superficial gas velocities.
However, most reported results by the CFD-PBM coupled
model were either only for the homogeneous regime232,233 or
for both the homogeneous and heterogeneous regimes but did
not successfully predict a bimodal bubble size distribution in
the heterogeneous regime.57,75 Exceptions are the results of Lehr
et al.73 and Wang et al.,74 where the bimodal bubble size
distributions were obtained. Lehr et al.73 reported the 3D
transient simulation results, in which the population balance was
simplified to a balance equation for the average bubble volume.
The gas phase was modeled as small and large bubble phases,
and the small and large bubble fractions were calculated by the
simplified balance equation. The bubble size was calculated with
the assumption that the dimensionless number density distributions of the small and large bubble fractions are approximated
by a lognormal distribution and an exponential distribution,
respectively. Such simplification remarkably reduces the computation demands and makes the 3D transient simulations
feasible. However, this simplification approach particularly
depends on their bubble breakup and coalescence models and
may be unfeasible for other models. The interphase drag force
in their model was calculated with the Sauter mean diameter
but not directly based on the bubble size distribution. Further,
they neglected the wake effect of large bubbles on the interphase
drag force, which is important in the heterogeneous regime.88
The lateral forces were also neglected in their work. Experimental study and numerical simulations have proven that lateral
forces are important for the formation of different radial profiles
of the gas holdup,84,92,93,234 as discussed earlier. Therefore, it is
necessary to consider the lateral forces for correct prediction
of different radial profiles of the gas holdup. All the reported
simulations that neglect the lateral forces predict a flat or corepeaking radial profile of the gas holdup. These models cannot
predict the wall-peaking radial profile of the gas holdup in a
system with small bubbles.
Wang et al.74 simulated the gas-liquid flow with a CFDPBM coupled model. In that work, a full population balance
model with detailed bubble breakup and coalescence models
was coupled in the CFD framework. Different bubble breakup
and coalescence models were compared. An algorithm was
proposed to calculate the interphase forces and turbulence
modification with a volume fraction averaged algorithm based
on the bubble size distribution. The ability of the CFD-PBM
coupled model to predict the hydrodynamics both in the
homogeneous and heterogeneous regime was discussed in detail.
The results showed that this CFD-PBM model had a good
ability to predict the hydrodynamics both in the homogeneous
and heterogeneous regimes and the different radial profiles of
the gas holdup were also reasonably predicted, as shown in
Figures 22 and 23. The CFD-PBM coupled model developed
in this work has the following advantages: (1) it has the ability
of both CFD to calculate the entire flow field and PBM to
calculate the local bubble size distribution; (2) it combines the
PBM into the CFD framework so that bubble breakup and

Figure 22. Radial profiles of gas holdups for small bubbles, large bubbles,
and total bubbles predicted by the CFD-PBM coupled model reprinted
with permission from the work of Wang et al.74 (Copyright 2006 John Wiley
& Sons, Ldt.). The parameters of the simulated column are as follows: ID
) 0.19 m, H ) 2.4 m. The results are for a height of 2.0 m.

coalescence can be taken into account and can describe the
bubble size distribution in different flow regimes; (3) it takes
into account the influence of the bubble size on the interphase
interaction so that the CFD-PBM coupled model has the ability
to predict the flow behavior in different flow regimes; (4) it
predicts the local bubble size distribution and gas holdup from
which the local gas-liquid interfacial area can be determined.
Further study on the CFD-PBM coupled model will focus
on quantitative description of the relationship between the gasliquid mass transfer rate and bubble breakup and coalescence
and the influences of pressure, liquid viscosity, and solid
concentration on bubble behaviors.
6. DME Synthesis 3000 ton/year Pilot Plant
Fundamental research on the direct synthesis of DME from
synthesis gas, including catalyst preparation and reactor and
process development, was started in 1998 at the Department of
Chemical Engineering, Tsinghua University, China. The development of a mass production technique for the direct synthesis
of DME was started in 2002, cooperating with Chongqing Yingli
Fuels & Chemicals Co. Ltd., and a pilot plant of 3000 ton/year
was completed in 2004 in Chongqing. In this process, the syngas
with the molar ratio of CO to H2 of about 1, which was obtained
using methane reforming with CO2 and stream followed by
removal of CO2 and H2, was compressed and fed into the slurry
reactor filled with catalysts and inert liquid paraffin. After
reaction, the effluent from the reactor is DME, byproduct CO2,
a small amount of methanol, and unreacted syngas. DME and
other byproducts were absorbed with solvent and then purified,
while the unreacted reactants in the vent gas were recycled.
The industrial experiments were carried out in three stages.
The only difference between stages I and II is that the syngas
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Table 2. Comparison of Pilot-Plant Results
conditions
H2/CO ratio
catalyst
pressure
(MPa)
temperature
(°C)
CO conversion
(%)
DME selectivity
(%)
reactor type

JFE
1
5

0.7
1
Cu-Zn-Al+γ-Al2O3 LP201 + TH16
5-10
4.35-4.6

260

250-280

255-265

40

22

54-63

90

40-90

89-95

slurry bubble slurry bubble
column
column
diameter, height 15, 0.55
15.2, 0.475
(m)
design scale
5
10
(ton/day)

Figure 23. Bubble size distribution at different radial positions and different
superficial gas velocities predicted by the CFD-PBM coupled model
reprinted with permission from the work of Wang et al.74 (Copyright 2006
John Wiley & Sons, Ldt.). The parameters are the same as those in Figure
20.

Figure 24. Conversion of CO and selectivity to DME in the pilot plant.
The data are from the work of Ren et al.9

passes the slurry reactor without recycling the tail gas in stage
I, while in stage II the tail gas was recycled. Compared with
stage II, the temperature and pressure in stage III were promoted
to increase the conversion of CO. Some of the conditions and
results of the pilot plant are shown in Figure 24 and Table 1. It
can be seen that in stage I the average once-through conversion
of CO and selectivity to DME in the organic product can reach
63% and 95%, respectively. Because the tail gas was recycled
in stage II, the high fraction of methane leads to a decrease in
the average conversion of CO and selectivity to DME. In stage
III, a little elevation of the reaction temperature and pressure
can increase the average conversion of CO and selectivity to
DME to 61% and 92%, respectively. These results are almost
the same as those obtained in the laboratory, where a stirred
autoclave reactor was used. It also proves that the slurry airlift
reactor provides good performance on the mass and heat transfer
in DME synthesis processes. Moreover, during the operation
time, the catalysts showed no noticeable deactivation.

Tsinghua
University

Air Products

slurry airlift
reactor
21.6, 0.6
10

Up to now, different processes for mass production of DME
in a slurry reactor have been developed by Air Products,8 JFE,7
and Tsinghua University,9 as shown in Table 1. In the above
three processes, the catalysts are all composed of Cu-based
materials for methanol synthesis and Al2O3 catalyst for methanol
dehydration. The reactors used by JFE and Air Products are
slurry bubble columns, while the reactor in the pilot plant in
Chongqing is a slurry airlift reactor with internals. It can be
found from Table 2 that the conversion of CO obtained in the
slurry airlift reactor developed by Tsinghua University is obvious
higher and the operation conditions are milder than the others.
7. Remarks and Conclusions
With the dramatic increase in the international oil price, gasto-liquid processes, including FT synthesis, methanol synthesis,
and DME synthesis, have become increasingly important. The
slurry reactor has the advantages of simple construction, good
heat transfer, and feasible scale-up, which make it very suitable
for the gas-to-liquid processes. There has been an obvious shift
in trends from the fixed bed reactor to the slurry reactor in the
gas-to-liquid processes. The following remarks and conclusions
can be drawn from this review:
(1) There are three types of slurry reactors, namely, the bubble
column, airlift reactor, and spherical reactor. The slurry bubble
column is the simplest in construction, while the other two
reactor types have some special advantages. The slurry airlift
reactor is favorable for homogeneously suspending the catalyst
particles and, thus, has better operation flexibility. Further, the
mass transfer can be greatly intensified by using internals in
the riser, especially in the heterogeneous regime. The spherical
reactor has economical feasibility and great potential for largescale production in the fuel industry, since it has higher
mechanical resistance to pressure than the cylindrical column,
which decreases the wall thickness needed and the reactor cost.
(2) The hydrodynamic behavior, heat and mass transfer, and
mixing behavior are quite different in the homogeneous and
heterogeneous regimes. The current industrial interest in gasto-liquid processes is the heterogeneous regime, which is much
more complex than the homogeneous regime; however, the
studies on this regime are still relatively limited. The GDG
method and the two-bubble class model were widely used to
study the heterogeneous regime. The population balance model
developed quickly in recently years seems to be more promising
for describing the complex bubble behaviors in the heterogeneous regime.
(3) The transition from the homogeneous to heterogeneous
regime is delayed with increasing pressure and is advanced with
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increasing solid concentration. Thus, the gas holdup and
volumetric mass transfer coefficient increase with increasing
pressure and decreasing solid concentration.
(4) For high reactor productivity, the industrial slurry reactor
needs to be operated at high superficial gas velocity and solid
concentration. In such cases, the mass transfer may become a
rate-limiting step, and it is recommended to use internals to
intensify the mass transfer and improve the hydrodynamics.
(5) Feasible liquid-solid separation methods include settling,
filtration, and high-gradient magnetic separation. However, none
of these approaches itself seems to achieve the requirement of
a commercial FT synthesis process. It is recommended to use
more than one liquid-solid separation method in combination,
typically a settling separator followed by filtration or magnetic
separation.
(6) Full CFD simulations become more and more important
to obtain a better understanding of the complex hydrodynamics
and mass transfer behavior. In the heterogeneous regime, the
CFD-PBM coupled model which combines the population
balance model into the computational fluid dynamics is an
effective approach to describe the complex behaviors of bubble
coalescence and breakup and bubble-bubble and bubble-liquid
interactions. The mass transfer behavior and influences of the
pressure, liquid viscosity, and solid concentration seem to be
reasonably modeled in the framework of the CFD-PBM
coupled model.
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Nomenclature
a ) gas-liquid interfacial area, m-2
C0, C1 ) parameters in the drift flux model, D ) column diameter, m
d0 ) orifice diameter, m
H ) column height, m
kl ) liquid-side mass transfer coefficient, m/s
Nc ) dimensionless capacitance number of the chamber, defined
as 4VcgFl/πd02P
Sc ) theliquid-phase Schmidt number, defined as µl/FlDl
Ug ) superficial gas velocity, m/s
ul ) local liquid velocity, m/s
Ul ) superficial liquid velocity, m/s
ul0 ) centerline liquid velocity, m/s
Vc ) volume of gas chamber, m3
Greek Letters
µ ) viscosity, Pa‚s
Rg ) gas holdup
Rs ) solid holdup
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